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ABSTRACT

The results of three cases of two consecutive reactors are studied in two types of co-current and
counter-current flow in second reactor where two consecutive reactors are oxidative coupling of methane
(OCM) and Fischer-Tropsch (FT) reactors. FT reactor can be fixed bed or membrane fixed bed reactor with
a hydrogen perm-selective membrane. Effect of CH,/O, ratio, contact time, inlet temperature, and amount
of N, in OCM feed on C, to Cs, hydrocarbons produced in FT reactor were studied. Results show that use of
counter-current hydrogen-perm selective membrane FT reactor that sequenced after OCM reactor
improves the Cs, yield as a desirable product and reduces the amount of CH, and CO, as by products of FT
reactor in comparison to co-current and conventional reactor. This phenomenon can be explained with
more H, diffusion through the membrane and more CO conversion and more hydrocarbons productions,
briefly.
Keywords: Fischer-Tropsch, oxidative coupling of methane, Cs, yield, membrane reactor, counter-current,
CH, yield, CO, yield

1. INTRODUCTION

A great part of the world energy source is liquid hydrocarbons such as gasoline, diesel and etc. In
recent decays, liquid hydrocarbon fuels synthesized from natural gas has become interesting. The Fischer-
Tropsch (FT) process is a good method for hydrocarbon production and can be used instead of liquid
hydrocarbons that are produced from crude oil. This substitution has many advantages such as making low
sulfurous fuel and no variation of these fuels price with crude oil price that is high in recent years. The FT
process converts hydrogen and carbon monoxide (syngas) to liquid hydrocarbons. Coal, natural gas and
biomass can be source of syngas. Main reaction of FT process is:
(2n +1) H, + n CO — C,Haniz) + n H,O (1)
Here n is a positive integer that shows the number of carbon atoms in hydrocarbon product.

Variable grades of synthetic hydrocarbon fuels (e.g., gasoline; C,-C,,, diesel; C;-C,s, soft wax; C,g—
C,;, medium wax; C,,~C;5, hard wax; ¢;5,) can be produced depending on temperature, pressure and catalyst
used in FT process [1]. Cs, fuel is more favorable because of its higher price and demand. Cs, that obtained
from FT process mainly consists of n-paraffin and leads to lower octane number compared to crude oil Cs,.
Bifunctional catalysts promote yield and octane number of FT C, [2].
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FT reaction has side reactions that decrease the yield of hydrocarbon fuels. Most important side
reaction is water gas shift reaction:

H,O+CO - H, + CO, 3)
and, second side reaction is reverse of steam reforming reaction:

CO +3H,— H,0+CH, )

Many investigations have been done to increase the gasoline production and decrease the
CH, and CO, formation during this FT process. Synthesizing new catalysts and modification of synthesized
catalysts and changing the structure of FT reaction reactor are the main efforts in this way. Using hydrogen
perm-selective membrane fix bed and fluidized bed reactors are one of the major ways to increase Cs, and
decrease major by-products. Silvano et al. [3] classified catalytic membrane reactors according to the type of
membrane (perm-selective/non perm-selective) and the location of the catalyst (within/outside the
membrane). Also, Rohde and Unruh [4] proposed four concepts to use membrane reactors in Fischer-
Tropsch synthesis (FTS): distributed feed of reactants, in situ removal of water, forced through membrane
contactor and zeolite encapsulated catalysts. Forghani et al. [5] showed that by using hydrogen perm-
selective membrane reactor the yield of gasoline fuel must be increased. Rahimpour et al. [6, 7, 8] used
many types of membrane reactor like: H, perm selective and H,O removal membrane reactor in co-current
and counter-current modes. They mentioned that this reactor resulted in higher CO and H, conversion and
gasoline production. Using hydrogen selective membrane in the FT reactor improves the reaction’s yield
and selectivity by shifting the thermodynamic equilibrium and increasing the reactants conversion. [9].
Silver alloyed palladium has very good permeability of hydrogen [10, 11].

Syngas is the feed of FT process. However, the product of oxidative coupling of methane
(OCM) process can also be fed to FT process to convert syngas to high value hydrocarbons, because OCM
products contain large amount of H, and CO as by product. The OCM is a straight method to upgrade
natural gas and convert methane to C,,, but, it has low selectivity and low yield [12]. Various types of
reactors with various configuration and operational condition have been used to improve the yield of
ethylene production in OCM reaction [13, 14].

In this paper, OCM and FT reactors were used consecutively. In FT reactor two cases of
counter-current and co-current flow of OCM exiting gas are discussed. FT reactor was equipped with
hydrogen perm-selective membrane reactor with Pd-Ag membrane in one case. We discuss the amount of
C,, as desirable product in different conditions of FT reactor. Moreover, in this article we discuss yield of
CO, and CH, as by products in each condition. According to observed results, counter current flow in FT
reactor causes more yield of C,, and lower CO, and CH, yield than co-current flow.

2. Process description

As will be described in the later sections, methane is converted to heavy hydrocarbons in two
reactors. The OCM reactor is first one in which synthesis gas and C,, is produced for second reactor where
it converts CO and H, to heavy hydrocarbons. In an extra configuration, second reactor is equipped with a
membrane with high selectivity to hydrogen allowing continuous adding of hydrogen to FT reaction
medium. OCM reactor is a fixed bed reactor packed with La,0;/CaO catalyst operated at total pressure of
1no kPa. Oxygen, methane and nitrogen as a dilute gas were fed to OCM reactor and the products that
contain C,, and syngas were fed to FT reactor. Research Institute of Petroleum Industry (RIPI) in Iran has
demonstrated a pilot plant for FT synthesis with a 12 m water cooled fixed bed reactor [15]. The operational
conditions of FT reactor are listed in Table 1. FT reactor has a length of 12 m and a diameter of 0.0381. The
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FT membrane reactor is a shell and tube configuration where bifunctional Fe-HZSMj5 catalyst (metal part:
100 Fe/s5.4 Cu/7K,0/215i0,, acidic part: SiO,/ Al,O, 528) was packed in tubes. The membrane of FT reactor
was between tube and shell and was perm-selective to hydrogen that allows hydrogen to diffuse to shell
with hydrogen partial pressure gradient. This permeation makes heat and mass transfer possible that causes
higher hydrocarbon fuel production. Flow of OCM gas flow in FT membrane reactor can be co-current and
counter-current. Counter-current flow provides higher mass and heat gradient that may improve
hydrocarbon fuel yield. The operational conditions of OCM reactor are shown in Table 2. The operational
condition of membrane FT reactor is summarized in Table 3. Schematic of two consecutive conventional FT
reactor (fixed bed) with OCM reactor is shown in Fig 1. Total schematic of this process and detailed
schematic of fixed bed membrane FT reactor for co-current and counter-current flow are shown in Figs. 2
and 3, respectively. It is assumed that a heat exchanger decreases OCM reactor product temperature to FT
reactor feed temperature.

3. Model equations

3.1. OCM reactor
3.1.1. OCM kinetics modeling

Kinetic modelling of OCM reaction over La,O,/CaO catalyst has been reported by Stanch et al. [16].
This model contains nine catalytic reactions and one gas phase reaction which are listed below. First three
reactions are methane oxidation reaction. Reaction 5 and 6 are C,, oxidation reaction. Reaction 4 is carbon
monoxide oxidation. Reactions 8 to 10 are side reactions.

Step 1 : CH,+20, - CO,+2H,0 (5)
Step2: 2CH, +0.50, — C,H, + H,O (6)
Step3:CH, +0, - CO+H,0+H, (7)
Step 4 : CO +0.50, — CO, (8)
Step 5: C,H, +0.50, - C,H, + H,0O (9)
Step 6 : C,H, +20, — 2CO +2H,0 (10)
Step 7: C,H, — C,H, +H, (1)
Step 8 : C,H, +2H,0 — 2CO +4H, (12)
Step9 : CO+H,0 — CO, +H, (13)
Step 10: CO, +H, — CO +H,0 (14)

The reaction rates for each step are given below:

~E.;/RT oM pN;
(ko6 ™ RUR))

r. = J :1 3 - 6 (15)
j “AH o o0,  /RT ’

(I+K jc0,€ e Pco2 )’

—E,, /RT ~AHy o, RT N
_ ko,ze ? (Ko,oze N Poz) ’ PCH4

= ~AHa,, /RT . ~H o, /RT 5 (16)

[1+(Ky,.e TP K 0k Peo,

—E,,/RT

I = k0,7e ’ PCZHG (17)
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*Ea, /RT m n
ry = ko,se ' Pczlzﬁijo (18)
—E,/RT
ry = ko,9e TP PrTgo (19)
Mo = ko,loe e Pcrgm Py nm (20)

The kinetic parameters used for the above reaction scheme are presented in Table 4.
3.3.2. OCM reactor mathematical model

For mathematical modeling of OCM reactor one dimensional steady state plug flow reactor was
assumed. It was assumed that the gas phase in reactor is ideal gas. According to these assumptions we can
write following mass and energy balance equations:

Mass balance:

dC
— L+gr, =0 (21)
Energy balance:
—u, 5,3 ¢, +pb S E(-AH) +g 31 (-AH )i—4th—(T T,)=0 (22)

t

Momentum balance (Ergun’s equation):

_dP _pyu 5(1 g)[lSO(l—g)HjS} o
&

Cdz wd, v Re
3.2. FT reactor

3.2.1. FT kinetics modeling

FT reactions are given by Rahmati and Soleimani [17] :

Step 1 : CO+3H, —— CH, + H,0 (24)
Step 2 : 2CO+4H, —*— C,H, +2H,0 (25)
Step 3 : 2CO + 5H, —+— C,H, +2H,0 (26)
Step 4 : 3CO + 7H, —+— C,H, + 3H,0 (27)
Step 5 : 4CO +9H, —=—>n -C,H,, +4H,0 (28)
Step 6 : 4CO +9H, ——i —C,H,, + 4H,0 (29)
Step 7 : 6.05CO+12.23H, —2— C, H,,,(C?) + 6.05H,0 (30)
Step 8 : CO+H,0 <=+ CO, +H,0 (31)

The reaction rate equations of each reaction step are given below:
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E.
R =0.278K,ex P. rrIP
p(RTj (32)

The kinetic parameters of each reaction are listed in Table 5. These parameters are for temperature between
290 to 310 °C; pressure between 15 to 23 bars and H,/CO ratio between 0.76-1.8 [17]. The desirable reaction
is reaction 7.

3.2.2. FT reactor mathematical model

The FT reactor was assumed one dimensional plug flow reactor. It was assumed that the gas phase
in this part of reactor is ideal gas. On above assumptions, the mass and energy balance equations can be
written:

Mass balance in gas phase:

A% - D a gk, (Ve —¥)=0 G3)

Mass balance in solid phase:

avctkgi(yi_yis)+pb77nzo i=12,..,N-1 (34)

Energy balance in gas phase:

T
'%t Cpg dz

Energy balance in solid phase:

ah, (T-T,) +pb772 r(-AH;)=0 36)

Where, y;, T, y and T are the mole fraction and temperature in gas phase and mole fractions on the catalyst

I
(e

7D,
+avh (T T) A% Ushell (Tshell _T) (35)

surface and solid phase temperature, respectively.

3.2.3. Membrane fixed bed mathematical model
3.2.3.1. Shell side (reaction side)
In the shell side of this reactor FT reaction occurs and the assumptions are the same as fixed bed FT
reactor. On the basis of those assumptions, the balance equations can be written as:
Mass balance in gas phase:

L%J“(JFT‘ VR )+acky (v - %) 67

A&hell dZ

Mass balance in solid phase:

avctkgi(Yis_yi):ﬂripb i=12,.,N -1 (38)

Energy balance in gas phase:
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F dT =D, 7D, o 5
Ktcpg a4 mushell (Tshell _T)+Tutube X(Ttube -T ) +EH(\/E_\] Py )Cph 56)
><(Ttube -T ) + a‘vhf (Ts _Ti )
Energy balance in solid phase:
ah (T,-T)=pn. 6 (-AH;) (40)

Where F, is total molar flow rate of gas in reaction side. D; and D are the inner and outer diameter of
tube side, respectively. p, is bed density and PHSh and P}: are partial pressures of hydrogen in shell and

tube sides. AH, is enthalpy of reaction i. In addition, ay is hydrogen permeation rate constant defined

below [18, 19, 20]:

27LP, exp(-E, /RT)
ay = (41)
In(R, /R)

Where R, and R, are outer and inner radius of Pd-Ag layer. P, factor above 200°C s reported as

6.33x10*® (molm “s'pa™? ) and activation energy E p 1815.7 kJ/mol [42, 43].

3.2.3.2. Tube side (OCM gas flow side)

Mass and energy balance equations in tube side are:
Mass balance:

o w e e

S

Energy balance:

+ Ft C thube _ ﬂDiU

a,C
_K Py dz - A:IUbe (Ttube _T)+ HA i ><(\/Pil-tl_\/l:)il-sih)(-rtube _T) (43)

In equation (42) and (43) + refers to co-current flow and - refers to counter-current flow in membrane fixed
bed FT reactor.

4. Numerical solution
All of these simulations were solved by numerical analysis. The initial conditions at the entrance of
the OCM reactor at z=o0 are:

— 0 _ 0 _ 0 _ po
c,=C,,C, =C_,T =T" ,andP =P
Where n represents reactants and inert in feed, and m represents products.

The boundary conditions for the bulk phase in conventional fixed bed FT reactor and in shell side
of membrane fixed bed reactor at z=z, are:
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Yi=Yiin > T :Tin
The boundary conditions of tube side of membrane fixed bed FT reactor that OCM gas flows in at z = z, in
co-current flow and in z=z, in counter-current flow are:

Yi=VYis > T :Tf
Where Y;and T, are the mole fraction of component i and temperature of feed stream, respectively. z, and

z, are the beginning start and end of fixed bed membrane FT reactor, respectively. The reactor performance
is expressed by conversion of reactants and yield of products.

5. Results and discussion

The effect of CH, to O, ratio in OCM reactor feed on CO and H, conversion and yield of each
hydrocarbon was studied. The variation of each hydrocarbon flow and yield was also included in each case
of FT reactor. The amount of CH, and CO, as a byproduct of FT reactor were also studied in each case of
reactor.

5.1. Validation of reactors model

Both of FT and OCM modeling must be validated before theoretical analysis. OCM reactor model
was validated by comparing its calculation results with experimental results of Stansch [16]. FT reactor was
validated by comparison its model data with experimental data of RIPI pilot plant [15]. Both of these models
show good fit to the experimental data and as Tables 6 and 7 show the agreements between OCM and FT
reactor with experimental data is good.

5.2. Effect of CH,/O, ratio in OCM feed

Fig 4 shows that with increasing of CH,/O, ratio, H,/CO ratio is decreased because CO produces
more with increasing of CH, amount in OCM reactor feed. This phenomenon can be explained by the OCM
kinetic equations of Snatch [16]. Reaction 10 proceeds more because of increasing in amount of H, and CO
produced.

The figure begins from CH,/O,=2, because all hydrocarbons are oxidized to CO, for CH,/O,<z2.
According to Fig. 4, when CH,/O, ratio increases, the amount of CO increases and CO cannot be
completely consumed and H, conversion also decreases when CO conversion decreases. As shown in Fig 5
in counter-current flow in membrane reactor (COUN-MR) the gradient of H, among two side of membrane
increases and more H, can diffuse through membrane which leads to more CO conversion and lower H,
conversion because amount of H, in reaction side of membrane reactor increases. COUN-MR, CO-MR and
CR refer to countercurrent, co-current and conventional reactor. In Fig. 6 partial pressure of hydrogen and
its diffusion rate through membrane in two counter-current and co-current flow are shown. Fig. 6 explains
more H, diffusion rate through membrane in COUN-MR in comparison to CO-MR (co-current membrane
reactor). Rate of hydrogen permeation is very high at beginning of reactor for COUN-MR because of very
high pressure difference. Pressure gradient for COUN-MR decreases and for CO-MR increases through
length of reactor.

Fig 7 shows that when CH,/O, ratio increases, the amount of oxygen in OCM reactor decreases and
this lead to lower yield of C, products. In other words, when O, amount increases in feed the selectivity of
C, products (between C,H¢ and C,H,) decreases. Reaction order is negative for C,H¢ and positive for C,H, in
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FT kinetics expressed by Rahmati et al [17]. According to increasing CO amount with increasing CH,/O,
ratio, C,H, yield increases and C,Hg yield decrease.

The yield of Cs, increases with increasing CH,/O, ratio as shown in Fig 8, because amount of CO in
FT reactor increases. When COUN-MR is used more H, is present in reaction side of membrane reactor and
this leads to more Cs, production and more yield.

As Fig. 9 shows, with increasing CH,/O, ratio and more CO production, the yield of CH, decreases
and yield of CO, increases due to their reaction order in FT kinetics. But yield of both of them decrease in
COUN-MR in comparison to CO-MR and conventional reactor (CR) and it is favorable.

5.3.2. Effect of N, percentage in OCM feed as an inert gas

As shown in Fig. 10 H,/CO ratio is decreased in OCM reactor until 60 % N, in feed and then
increases. N, as an inert gas influences both of reactors. In OCM reactor, N, reduces the temperature of
reaction with absorbing heat of reaction. In all figures that show the effect of inert gas a maximum or
minimum point can be observed. Fig. 11 shows the effect of COUN-MR on H, conversion that is lower than
CO-MR because more H, diffuses through membrane. When inert gas used in syngas if partial pressure of
CO and H, are constant nitrogen does not affect reaction kinetics [21, 22]. But as shown Fig u with
increasing of N, in FT reactor and decreasing partial pressure of CO and H, both of conversions decrease
until inert gas percentage about 60% and then increases and this is the effect of heat absorbing by inert gas
in system.

When inert gas is low in OCM reactor, higher reaction temperature would be achieved. This result
moves forward dehydrogenation of ethane to ethylene. But with increasing amount of inert gas this
reaction becomes not significant and more C,Hg is produced as shown in Fig 12. In Fig. 13 more Ci, yield are
obtained in COUN-MR reactor because of increasing amount of H, in reaction side of membrane reactor.

Fig 14 shows the effect of inert gas on byproducts of FT reaction which is decreasing the amount of
CH, and increasing amount of CO,. This trend was also observed in Fig 9 that shows the effect of CH,/O,
ratio on byproducts. Both effects on CO, and CH, yields shown in Figs. 9 and 14 can be explained by FT
kinetic equation. As a conclusion, increasing the amount of N, as an inert gas to about 60 % of total feed
has favorable effect on desirable products.

5.3.3. Components mole flow and products yield in reactors

Figs. 15 and 16 show the molar flow of CO and H, in OCM and FT reactor. Figs 15(b) and 16(b) show
molar flow of H, and CO at end of FT reactor. As expected, the COUNT-MR molar flow of CO is lower and
H, is more than CR and CO-MR, because more H, is present in reaction side of membrane reactor and more
CO is consumed. Figs. 17 and 18 show the molar flow rate of C,Hs and C,H, in two consequent reactors.

In Figs. 19 to 22 increase of molar flow and yield of C; to Cs, hydrocarbons in COUN-MR mode is
observed compared to CO-MR and CR because more H, permeates through membrane and reaction of C; to
C,, hydrocarbons proceed more and desirable product formation will be more. The amount of byproducts
increases along the reactor length as shown in Fig. 23 but this amount is less for COUN-MR.

5.3.4. Effect of OCM inlet temperature
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Effect of OCM reactor inlet temperature on Cs, yield is shown in Fig. 24. In this Figure Cs+ yield is
shown as a function of CH,/O, ratio, N, percentage in feed of OCM reactor and length of FT reactor. Higher
temperature provides more Cs, yield in all three types of FT reactor modes of operation.

Fig 25 shows gas phase temperature in OCM reactor and FT reactor in all three modes of operation.
As shown in Fig 25 gas phase temperature of OCM reactor is increased along the OCM reactor length.
However, in the case of FT reactor temperature increases sharply at the beginning of CR reactor and then
decreases. But in membrane FT reactor because of heat transfer between two sides of reactor the sharp
increase of temperature is not observed which is useful for reactor processing.

5.3.5. Effect of contact time

As shown in Fig. 26 with increasing contact time in OCM reactor, the H,/CO ratio in OCM reactor
decreases and this lead to more conversion in FT reactor due to more CO presents in FT reactor. Increasing
contact time has insignificant effect on Cs, yield. However, reactants would have longer contact time with
lower space velocity which gives a little more favorable C;, production.

6. CONCLUSION

Methane could be converted to useful hydrocarbons by two consecutive reactors. The flow of OCM
gas in second reactor can be co-current or counter current. Furthermore, CH, is converted to Cs, by use of
two reactors in series. Amount of desired components yield in membrane FT reactor is higher than
conventional FT reactor due to diffusing hydrogen to the reaction side and increasing the conversion of CO
in reaction side. With counter-current flow membrane reactor yield of Cs, as a desirable product improves
more duo to more H, permeation through membrane and more CO conversion is achieved. By use of
membrane FT reactor CH, and CO, as byproducts of FT reaction are decreased. Therefore, this reactor
configuration especially counter-current flow can be suggested to produce more desirable liquid
hydrocarbon fuels at the same conditions compared to conventional reactor.

SYMBOLS

A, Cross section area of tube (m®)

A shell Cross section area of shell (m?)

a, Specific surface area of catalyst pellet (m2.m-3)
cp Specific heat (kJ.mol™.K)

C, Total concentration (mol.m™)

G concentration of species j (mol.m-3)

Cph Specific heat of the hydrogen at constant pressure (Jmol'K™)
d, tube diameter (m)

d, pellet diameter (m)

D; Tube inside diameter (m)
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Dy,
F,

hy
AH,;
ki

sh

Py

Ushell

reaction outside diameter (m)

Total molar rate for shell side (mol.s™)
Gas-catalyst heat transfer coefficient (W.m™ .K ™)
heat of reaction (kJmol™)

Mass transfer coefficient between gas and solid phase for component i (m.s™)

Shell side pressure (bar)
Tube side pressure (bar)

Permeability of hydrogen through Pd-Ag layer (mol m™s™ pa™)
rate of reaction i (mol g™ s)
inner radius of Pd-Ag layer (m)
outer radius of Pd-Ag layer (m)
Reynolds number
temperature (K)
external temperature (K)
Temperature of coolant stream, in fixed-bed reactor (K)
superficial velocity (ms™)
Overall heat transfer coefficient (Wm™ K)

Overall heat transfer coefficient between coolant and process streams (W.m™ K™)

Greek letters

&p

Pb

Pg

ay

catalyst bed porosity

density of catalyst bed (g.m™)

gas density (kgm™)

Hydrogen permeation rate constant (mol m™s™ Pa™?)

shape factor
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Figure Captions

Fig 1. Schematic diagram of two consecutive reactors: OCM and FT reactors.

Fig 2. (a) Schematic of two consecutive reactors: OCM and membrane FT reactors (b) detailed membrane

FT reactor in co-current flow mode.

Fig 3. (a) Schematic of two consecutive reactors: OCM and membrane FT reactors (b) detailed membrane

FT reactor in counter-current flow mode.

Fig 4. Variation of H,/CO ratio that produced in OCM reactor as a function of CH,/O, ratio ( T =103 K, N,
mole fraction = 0.337).

Fig 5. Effect of CH,/O, ratio in OCM reactor feed on (a) CO conversion and (b) H, conversion (b) in CR
(conventional fixed bed), CO-MR (co-current fixed bed membrane) and COUN-MR (counter-current fixed
bed membrane) FT reactor ( T = 1103 K, N, mole fraction = 0.337).

Fig 6. (a) Hydrogen partial pressure and (b) hydrogen injection rate as a function of FT Reactor in CO-MR
and COUN-MR (T = no3 K, N, mole fraction = 0.337).

Fig 7. Effect of CH,/O, ratio in OCM reactor feed on (a) C,H, yield and (b) C,Hs yield(b) in OCM reactor
and CR, CO-MR, COUN-MR FT reactor (T = 103 K, N, mole fraction = 0.337).
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Fig 8. Effect of CH,/O, ratio in OCM reactor feed on C,, yield in CR, CO-MR and COUN-MR modes of FT
reactor (T = 103 K, N, mole fraction = 0.337).

Fig 9. Effect of CH,/O, ratio in OCM reactor feed on (a) CH, yield and (b) CO, yield in CR, CO-MR and
COUN-MR FT reactor (T = 103 K, N, mole fraction = 0.337).

Fig 10. Variation of H,/CO ratio that produced in OCM reactor as a function of N, % in feed of OCM
reactor (CH,/O, =12, T = no3 K).

Fig 11. Effect of N, % in OCM reactor feed on (a) CO conversion and (b) H, conversion in CR, CO-MR and
COUN-MR FT reactor (CH,/O, =12, T = 103 K).

Fig 12. variation of (a) C,H, yield and (b) C,Hg yield in CR, CO-MR, COUN-MR FT reactor and OCM reactor
as a function of N, % in OCM reactor feed (CH,/O, =12, T = 103 K).

Fig 13. variation of C,, yield in CR, CO-MR and COUN-MR FT reactor as a function of N, % in OCM reactor
feed (CH,/O, =12, T = no3 K).

Fig 14. Effect of N, % in OCM reactor feed on (a) CH, yield and (b) CO, yield in CR, CO-MR and COUN-
MR FT reactor (CH,/O, =12, T = 103 K).

Fig 15. CO mole flow vs. length of reactor in OCM and FT reactor in CR, CO-MR and COUN-MR modes
(CH,/O, =12, T =u03 K).

Fig 16. H, mole flow vs. length of reactor in OCM and three modes of operation of FT reactor.

Fig 17. Variation of C,H, mole flow (a) in OCM and FT reactor (in CR, CO-MR and COUN-MR modes) along
CR, CO-MR and COUN-MR FT reactor (CH,/O, =12, T = no3 K).

Fig 18. Variation of C,H¢ mole flow in OCM and FT reactor (in CR, CO-MR and COUN-MR modes) (CH,/O,
=12, T =103 K).

Fig 19. Variation of (a) C;Hg mole flow and (b) C;H; yield in FT reactor in CR, CO-MR and COUN-MR
(CH,/O, =12, T =103 K).

Fig 20. Variation of (a) C, mole flow and (b) C, yield in FT reactor in CR, CO-MR and COUN-MR FT
reactor (CH,/O, =12, T = no3 K).

Fig 21. Variation of (a) i-C,H,, mole flow and (b) i-C,H,, yield in FT reactor in CR, CO-MR and COUN-MR
FT reactor (CH,/O, =12, T = no3 K).

Fig 22. Variation of (a) n-C,H,, mole flow and (b) n-C,H,, yield in CR, CO-MR and COUN-MR FT reactor
(CH,/O, =12, T =103 K).

Fig 23. Variation of (a) CO, yield and (b) CH, yield in CR, CO-MR and COUN-MR FT reactor (CH,/O, = 12,
T = no3 K).

Fig 24. C,, yield vs. (a) CH,/O, ratio, (b) N,% in OCM reactor feed and (c) length of FT reactor.

Fig 25. Gas phase temperature vs. length of reactor in (a) OCM reactor (b) in CR, CO-MR and COUN-MR
FT reactor (CH,/O, = 12).
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Fig 26. (a) variation of H,/CO ratio vs. contact time in OCM reactor (b) variation of Cs, yield vs. contact
time in CR, CO-MR and COUN-MR FT reactor (CH,/O, =12, T = 103 K).

List of Tables

Table 1 FTS pilot plant characteristics [15].

Parameter

Value

Tube dimension (mm)
Feed temperature (K)
Cooling temperature (K)
Reactor pressure (kPa)
Catalyst density (kgm?)
Catalyst sizes (mm)
Bulk density (kgm™)
Tube length (m)
Number of tubes

GHSV (h™)

Feed molar flow rate (gmol s™)
Bed voidage

(?38.1X3X12 000
569

566.2

1700

1290
D2.51X5.2
730

12

1

235

0.0335
0.488

Table 2 OCM Reactor parameters and constants

Parameter Dimension
Inner diameter (mm) 38.1
Pressure (kPa) 110

Length of catalyst bed (mm) 12000

Catalyst weight, m,; (g)
Flow rate (STP), vgrp (m?s™)

Catalyst size (mm)

Catalyst density (kgm™)

0.007 - 1.000
4%10° - 1310
0.25 - 0.35
3600

Table 3 Catalyst and specifications of membrane FT system.

Parameter

Value

Tube dimension (mm)

Inner radius of Pd-Ag layer (mm)
outer radius of Pd-Ag layer (mm)
Reactor radius (mm)

Feed temperature (K)

Cooling temperature (K)

Reactor inlet pressure (kPa)

?38.1X3X12 000
19.05

19.065

27

565

555

1700
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Catalyst density (kgm?)

Catalyst equivalent diameter (m)

Bulk density (kgm™)

Tube length (m)

Number of tubes

GHSV (h™)

Feed molar flow rate (gmol s™)

Catalyst thermal conductivity (kjm™s'k™)
Bed voidage

Sattar Ghader et al, Research Desk, 2013, Jan-Mar 2(1). 102-129

1290
3.83%X107
730

12

1

235
0.0335
0.00625
0.488
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Table 4 kinetic parameters of OCM reactions [16].

AH
Step K, (molg" s pa™™) (Ek“J’j mol") m, n, K, (Pa) (ASI‘*HO " K, (") & :noll )
1 0.2X107 48 024 076 0.25X10" -175
2 23.2 182 1.0 0.40 0.83%10° -186
3 0.52X10°° 68 057 0.85 036X10° -187 0.23X10" -124
4 0.11X10° 104 1.0 0.55 0.40X10 " -168
5 017 157 0.95 037 0.45%X10 " -166
6 0.06 166 1.0 0.96 016x10™ -211
7 1.2X107 226
8 9.3X10° 300 097 ©
9 0.19X10° 173 1.0 1.0
10 0.26X10™ 220 1.0 1.0

*Units are mol s” m> pa”

Table 5 Kinetic parameter data of Fischer-Tropsch synthesis [17].

Reaction m N K, E,

no.

1 -1.0889 1.5662  142583.8 83423.9
2 0.7622 0.0728  51.556 65018

3 -0.5045 13155  24.717 49782
4 0.4051 0.6635 0.4632 34885.5
5 0.4728 11389 0.00474 27728.9
6 0.8204 0.5026  0.00832 25730.1
7 0.5850 0.5982  0.02316 23564.3
8 0.5742 0.710 410.667 58826.3
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Table 6 Comparison between experimental and simulated data.

1023 K 1073 K 1no3 K 973K 1023K 103K
Feed mole fraction
CH, 0.612 0.612 0.612 0.699 0.699 0.699
0, 0.051 0.051 0.051 0.095 0.095 0.095
N, 0.337 0.337 0.337 0.206 0.206 0.206
CH, conversion (%)
Experimental 4.9 7.9 9.9 4.1 7.1 14.4
Simulated 4.73 8.41 10.8 3.15 6.18 14.45
Error (%) 3.47% 6.46% 9.1% 23.17% 1.13% 0.35%
C2 selectivity (%)
Experimental 55.6 69.2 72.5 35.6 53.7 69.6
Simulated 57.25 64.99 65.21 38.41 50.98 59.75
Error (%) 2.97% 6.08% 10.06% 7.89% 5.07% 14.15%
C2 yield (%)
Experimental 2.7 5.5 7.2 1.5 3.8 10
Simulated 2.7 5.5 7.4 1.21 3.15 8.63
Error (%) 0% 0% 2.78% 19.3% 17.1% 13.7%

Table 7 Comparison between CR model results with pilot plant data for fresh catalyst.

Parameter Pilot plant data Calculated Error (%)
Xco (%) 77-94 7719 0.96%
X, (%) 92.83 94.5 1.8%
Cs selectivity 42.55 45.64 7.3%
CO, selectivity 339.07 317.32 6.4%
CH, selectivity 4415 44.65 11%
H,O selectivity 120.67 115.19 4.5%
C,H, selectivity 3.95 3.52 11%
C,Hg selectivity 11.78 13.93 18.25%
n-C, selectivity 11.07 9.65 12.82%
i-C, selectivity 14.45 12.23 15.36%
C;Hg selectivity 9.33 6.42 31.19%
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